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Abstract--A new theoretical model is proposed for the heat transfer between immersed surfaces and large- 
particle fluidized beds. The heat transfer of the emulsion phase to the immersed surface is treated as the 
sum of the convective part of the interstitial Auid flow and the conductive part of the solid particles. The 
heat transfer of bubbles to the surfaces is also considered. The theoretical calculating formulae obtained 

are in fairly good agreement with experimental data in a large region. 

INTRODUCTION 

SINCE the ~uidization technology was applied to coal 
burning in recent years, the important subjects of 
large particle (d, > 1 mm) fluidized beds, such as the 
hydrodynamics of fluid and particles, the heat and 
mass transfer between the immersed surfaces and the 
bed as well as the particles and fluid, the absorption 
of sulphur, etc. have been studied by many workers. 

The dependence of the heat transfer of the 
immersed surface to the fluidized bed on the physical 
properties of the fluid and bed material, the structure 
of the bed and the operation conditions was found 
through a lot of experimental studies, which gave 
the heat transfer mechanism to a certain extent. But 
knowledge on this basis is not enough and exper- 
imental results are different from each other because 
of the different experimental conditions. In order to 
gain an essential understanding of the flow and heat 
transfer in industrial equipment and direct the opti- 
mum design and operation, it is necessary to carry out 
the mechanismic modelling study. 

The early studies of the heat transfer mechanical 
model all focused attention on fluidized beds with 
small particles as the bed material. They can be 
divided into two kinds-the particle packet model and 
the particle string model. Mickley and Fairbanks (11 
were the first to propose the particle packet model 
which treated the heat transfer of immersed surfaces 
with the fluidized bed as the result of unsteady con- 
duction of the particle packets with the bed tem- 
perature and the physical properties as those of the 
bed bulk at minimum fluidization. This model was 
improved upon and developed in refs. [z-4]. Botterill 
and Williams proposed the particle string model in 
1963 [5]. They considered the unsteady conduction 
process of the heat transfer surface with a single par- 
ticle which stayed on the surfaces. The model was then 
developed to the situation of a particle string 16-81. 

These two kinds of models all treated the heat transfer 
of the immersed surfaces to the fluidized beds as the 
process of unsteady conduction. The analytical solu- 
tion can be obtained with the particle packet model, 
but it can only be used for the long staying period 
of the particle packet and small particle beds. The 
numerical method should be used in the particle string 
models, which can be used for the short staying period 
situations. In other words, these two kinds of models 
are only suitable for cases of small particle beds with 
a negligible convective component. Large particle 
fluidized beds have different fluid flow and heat trans- 
fer characteristics than small particle fluidized beds. 
The fluid convective component plays a more impor- 
tant role in heat transfer. Several workers tried to 
study the heat transfer mechanism, and proposed 
some theoretical or semi-theoretical and semi-empiri- 
cal models [9-131. All these models reflected the 
characteristics of the large particle fluidized beds to a 
certain extent, but there exist some failings and the 
theoretical results are different from each other. The 
fluid convective part in models were all obtained 
through experiments except for Adams and Welty’s 

model [13]. It is confusing that the thermal resistance 
of the convective component was taken as that of the 
packed bed 191. The models of Zabrodsky et al. [lo] 
and Ganzha et al. [l 11 took the bed voidage for that 
of the emulsion phase, thus the models could only 
be used for particulate fluidized beds. The model of 
Ganzha et al. [l I] held the interstitial gas velocity 
to be a direct proportion to the superficial velocity. 
Adams and Welty’s model [ 131 could be used for local 
analysis, but the basic heat transfer unit is far from 
the practical state and a numerical method was 
needed. On the basis of the above situation. a new 
theoretical model is proposed in this paper for rela- 
tively rational modelling the heat transfer mechanism 
and obtaining the rather simple calculating formulae 
for its practical design. 
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particle diameter 
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time fraction of bubble contact 
area fraction of conduction region 
heat transfer coefficients of bubbles 
heat transfer coefficients of emulsion 
phase 

total heat transfer coefficients 
turbulence kinetic energy 
thermal conductivity of fluid 

dimensionless length of boundary layer. 

LBlub 
dimensionless particle distance, 1,/d, 
Nusselt number of bubbles, hbdp/kf 
conductive Nusselt number of bubbles, 

&,,d,/k, 
convective Nusselt number of bubbles. 

h,&,,lk, 
Nusselt number of fluid across circular 
tube, hD,/kr 
Nusselt number of emulsion phase, 

h,d,lk, 
conductive Nusselt number of emulsion 

phase, h,,dd,/kr 
convection Nusselt number of emulsion 

phase, h,,,,dplk, 
pressure 

Prandtl number. +p,+/k, 
heat flux density 
dimensionless radius 

Reynolds number, ud,,/v, 
Reynolds number of bubble contacting, 

3 Umr&Ivr 
Reynolds number near immersed tubes, 

&d&v, 
dimensionless maximum radius of 

conduction region, rcd/dp 
bed temperature 
tube surface temperature 
turbulence intensity, J(u”)/u 
superficial fluidizing velocity 

L7 interstitial velocity in emulsion phase. 

Ula, 
U' dimensionless velocity, U/U 
u mr superficial minimum fluidizing velocity 

UW superficial velocity near immersed tube 
L’+ dimensionless velocity, e/r2 
.x+ dimensionless coordinate, x/d,, 
y+ dimensionless coordinate, y/d,. 

Greek symbols 
ratio of two boundary layer thicknesses, 

&/6,. 
dimensionless thickness of gas gap in 
conduction regions 

maximum thickness in conduction region 
thickness of momentum boundary layer 
in x5 coordinate 

thickness of momentum boundary layer 
in .X_V coordinate 
thickness of temperature boundary layer 
in .ug coordinate 

voidage 
voidage in bubble phase 
voidage in emulsion phase 
voidage at minimum fluidization 
dimensionless turbulent viscosity, v,/vr 
dimensionless turbulent viscosity in main 

stream 
voidage near immersed tube 
similarity variable in momentum 

boundary layer, t/S,, 
similarity variable in temperature 
boundary layer, t/S, 

dimensionless temperature. 

(T- T,)I(T,- T,) 
fluid kinetic viscosity 
fluid kinematic viscosity 

turbulent viscosity 
fluid density 
particle density 
sphericity. 

NOMENCLATURE 

MECHANISMIC ANALYSES AND BASIC 

HYPOTHESES 

The proposition of the mechanismic model is based 
on the analyses of the experimental results. The 
following conclusions can be made and the basic 
hypotheses of the physical and mathematical model 
can be proposed from the experimental results. 

The immersed surfaces are touched by an emulsion 
phase and bubbles with certain voidages in a random 
form, which seems more regular pattern on a stat- 
istical meaning. 

Hypothesis 1 
The heat transfer of the immersed surfaces with the 

fluidized bed can be seen as the weighted average of 
these when the surfaces contact with the emulsion 
phase and the bubbles, respectively, i.e. 

h, = (1 -Ok +_A&. (1) 

The material of the fluidized beds being studied are 
large particles and belong to the kind of D according 
to the classification of Geldart [14]. The rising velocity 
of the bubbles is lower than the interstitial fluid 
velocity in the emulsion phase, and the inertia of the 
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particle is larger. So the effect of the rising bubbles on 

the movement of particles is decreased and the mixing 

of the particles is in a lower extent compared with the 

small particle beds. 

Hypothesis 2 
The fluid-solid two-phase flow can be treated as 

quasi-steady. This assumption enables the flow field 
and pressure field to be described by the steady equa- 

tions approximately. 
According to the measurement of the staying period 

of the emulsion packet on the horizontal tubes, it is 
shorter than 1 s in normal operation [ 151. If a quali- 
tative analysis is carried out with the particle packet 
model, the heat permeating depth is 1.17 mm for a 

1 s staying period of the emulsion phase which con- 
sisted of air and glass beads. 

Hypothesis 3 
The heat permeating depth is not greater than the 

first particle layer for large particle beds (d, > 1 mm) 
at the normal fluidization state. So the particle packet 
model could not be used. The particles should be 
considered as separated and the attention is only 
focused on the first layer adjacent to the heat transfer 

surface. 

It can be found from the experimental results [15] 
that the heat transfer coefficients in large particle beds 
do not change obviously with fluidizing velocity at 
normal operation state and the heat transfer cannot 
be neglected when the immersed surfaces are touched 
by bubbles. So it can be concluded that fluid con- 
vection plays a more and more important role with 
increasing particle dimensions. The fluid flow among 

the interstices of the emulsion phase is in a turbulent 
state because the eddies and wakes introduced by the 
flow across the particles and the turbulence energy 
are dissipated by the effect of fluid viscosity at the 
immersed surfaces. When the fluid flows around par- 

ticles, impacting, separating and wake will arise, and 
each flow tunnel will be mixed. Such a situation we 
are interested in is presented near the surfaces. It is 
difficult to describe the fluid flow and heat transfer in 
detail at present. So certain simplifications must be 
made. The fluid flow in the interstices can be con- 
sidered as the period channel flow around the particles 
and the flow in each period is simplified to the un- 
developed boundary layer along the heat transfer 
surfaces if the approximation is made. Since the length 
of the boundary layer along the flow direction is rather 
small and the interstitial fluid velocity is not large, it 

can be thought of as the laminar boundary layer. The 
influence of the turbulence in the interstitial fluid flow 
can be considered as that of the turbulent intensity in 
the main stream on the boundary layer. On this basis 
the following hypothesis can be proposed. 

H_ypothesis 4 
The convection component of the interstitial fluid 

flow in the emulsion phase can be approximated as 
the heat transfer of the boundary layer influenced by 

FIG. 1. Heat transfer unit. 

the turbulence in the main stream. This assumption 
made the analysis of the solution of this component 

possible. 

MATHEMATICAL MODELLING OF THE 

EMULSION PART 

In order to realize the mathematical model, some 
additional assumptions for the approximate treat- 

ment should be made on the basis of the above basic 

hypotheses. 

(1) The temperature of the bed bulk TB and the 
temperature of the heat transfer surfaces T, do not 

change during the whole procedure of heat transfer. 
(2) The bed material is considered to consist of 

spherical particles with equivalent diameters. 
(3) The particles are assumed to be arranged in a 

hexahedron, as shown in Fig. 1. So the distance 
between the particles in the emulsion phase 
is I, = 0.9047( 1 -E,)) ‘/3dP. The voidage near the 
heat transfer surface would be increased and in the 
range of half particle diameter from the surface 
E, = l-0.7382(1 -E,)“~. 

(4) The interstitial fluid flow is assumed as a two- 
dimensional laminar boundary layer with U = UJE, 
as the main stream velocity. The changes of the 
velocity and pressure along the flow path are omitted. 
The length of the boundary layer is taken as J31P. 

(5) The heat transfer of the emulsion phase to the 
immersed surface is divided into two regions, i.e. the 
conduction region adjacent to the contact points of 
the particles on the heat transfer surface and the con- 
vection region, as shown in Fig. 2. This is because of 
the interstitial fluid velocity adjacent to the contact 
points is very small, consequently, the convective part 
of the fluid can be omitted and the heat transfer is 
only due to the conduction perpendicular to the sur- 
faces. At the edges of these two regions it must be 
satisfied by 
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FIG. 2. Division of heat transfer regions. 

Solution of the boundary layer equations 

d5 =& dy+. (17) 
t 

Integrating equations (4) and (5) from the heat 
transfer surface to the outer edge of the boundary 
layers 6,. and &, LI+ is removed from the continuity 
equations, so 

& (18) 
5 0 
= 

a 60 
~1 W)u+(l+Wt=&$ = . ax+ o (19) 

; 0 

From the boundary conditions of equations (6) 
(16) the approximate distributions of the velocity and 
temperature in the boundary layer can be derived 

(2) U+ = U/2)1, -(1/2)rl,;’ (20) 

0 = (3/2)~, - ( 11md. (21) 

According to the basic and additional hypotheses, As a first approximation the dimensionless tur- 

the convective component of the interstitial fluid flow bulent viscosity is a linear distribution in the boundary 
can be described by the following dimensionless layer with 5 as the ordinate 
governing equations : 

I au+ g+--= 
I+&, at 

0 

u+ 
u+ au+ I g+-_ I ah 

I+&, at Xi i-tE, at* 

u+ ae u+ a8+ I I a*8 
ax++1+Etag=--7 RePr l+st al 

Boundary conditions are 

5 = 0, u+ = 0. v+ = 0 

Q=O 

Et = (5/&.)L~ (22) 

(3) The thickness of the velocity boundary layer can be 

obtained when the velocity distribution (20) is used in 

(4) 
the momentum equation (18) and the solution is 

6,. = Am I;* Rem 112 _xl/? 
(23) 

(5) where A = (13/280)+(3/160)s,, and Re = (zi d,/v,). 
From equations (17) and (22) 

1 

dr = 1+(5/&)&z 
dy. (24) 

E, = 0 

a%+ 
F=o 

a% 
F=o 

ha, u+ - 1 - 

v+ -0 _ 

tI=l 

(7) The relation of the two ordinates can be conducted 
(8) from the integration of the above equation 

*+ L = 5+[5z/(2S,)le,, (25) 
(9) 

The thickness of the boundary layer with y as the 

ordinate is 

6,,. = &.(I +0.5f&). (26) 

(11) Since the length of the boundary layer is taken as 

(12) 
LB’ = J31p’ and 1,’ = 0.9047( 1 -a,)- ‘13, Re = Re,/.z,, 
the average thickness of the boundary layer is 

(13) 

at = Et, 

au+ a%+ a% _=-=.. ag ag '=@=O 

ae a*8 av z=iir,="'=sm=O. 

&,. = 0.8345(,4 Re,/E,))‘!*(l --~,))‘/~(1+0.5&,,,). 
(14) 

(27) 

(15) When the temperature distribution (21) and equa- 
tion (22) are used in the energy equation (19), the 

(16) differential equation about the ratio of the thickness 
of the temperature boundary layer us and that of the 

In order to obtain the analytical solution with the velocity boundary layer v, can be derived 

integration method, the following coordinate trans- 
formation is made in the above equations and bound- y3 +4y*.x+ & = j$ (28) 

ary conditions, which is the same as that of Adams 
and Welty [1 I] where B = (1/10)+(1/24)s,, 
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Combined with the boundary conditions, the solu- 
tion of the above equation is 

li’ = (S&J = 1.26A ‘!3B-- Ii3 Pr- “3. (29) 

So the convective Nusselt number of the heat transfer 
when the surface is touched by the emulsion phase is 

NuecV = 1.89A’*6B’/2 Pr”’ Ret!’ x-I’*. (30) 

The averaged Nusselt number on the boundary layer 
with the Iength of LB* is 

X6,__ = 1.90A”6B’i3 Prlt3 (Re,ja,)“2(I --E,)1’6. 

(31) 

This is the calculating formula for the convective 
component of the interstitial fluid in the emulsion 
phase to the heat transfer surfaces. 

determination of the turbulent viscosity in main meam 
Galloway and Sage measured the Bow field of the 

interstices in the particles of the packed bed and found 
that the turbulence intensity Tu = J(u”)/u changed 
from 0.1 to 0.3 1161. So Prandtl’s turbuIent kinetic 
energy single equation model [17] can be used, in 
which the turbulent viscosity can be expressed as the 
product of the root of the turbulent kinetic energy 
and the dimension of the turbulent length 

v, = ,/kl. (32) 

Assuming the turbulence field is isotropic 

k = (3/2)Tu2 t2. (33) 

The empirical formula of Escudier [ 151 can be used 
for the dimension of the turbulent length 

I+ = 0.096,. . (34) 

The dimensionless turbulent viscosity in the main 
stream is 

c ,1x, = (3/2)“‘Tu 1’ 

From the trial calculation it can be found that the 
low limit of Galloway and Sage’s experimental results 
Tu = 0.1 is adequate. 

~eter~inat~o~ of the ~nter~t~ti~~~uid uelocity along the 
surface of the horizontal tubes 

According to Ergun’s pressure drop formuia in 
packed beds [16] 

This formula combined the velocity with the pres- 
sure drop. Since the interstitial fluid velocity is larger 
than those of the particles and the bubbles in the 
large particle beds, the above average kinetic energy 
equations are approximately valid. This equation can 
be linearized and changed into dimensionless form, as 
in the treatment of Adams and Welty [ 131 

Vp’ = ;+/!I2 u+ ( > (37) 

where 

P 
PC =p-p$ 8, = 150 y [ 1 

2, 
s 

p*_!$L$, Uf = U/Umfr 
s 

u = U/E, Re = U,,,,d,/v,. 

The polar coordinate is used with the centre of the 
tube as the origin and the x-axis being perpendicularly 
down. The changes of the voidage near the tube sur- 
faces are neglected when the pressure field is deter- 
mined and considered as the velocity dist~bution is 
calculated. Combined with the continuing equation, 
there is 

v2p+ = 0. 

The boundary condition are : 

at the place far from the tube surfaces 

(38) 

‘P +__dpc - dxt 

on the tube surfaces 

Combined with the boundary conditions the solu- 
tion of equation (38) is 

p+ =(~)~~(r++~)cosO. (41) 

So the velocity distribution along the tube surface 
is 

(42) 

Considering the voidage of the emulsion phase in 
the bed bulk is not different obviously with that of 
the bed at minimum fluidization and it cannot be 
measured accurately, E, can be taken as E,~. So the 
velocity distribution around the horizontal immersed 
circular tube is 

where E, = f (B) is the voidage distribution dete~~ned 
by experiments. 

In order to calculate the circumferential averaged 
heat transfer coefficient around the circular tube, the 
integral average of U, can be made 
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Modeiiing of the particle conduction component in the 
emulsion phase 

According to the additional assumption 5, the heat 
transfer of the emulsion phase staying on the 
immersed surface is divided into convection and con- 
duction regions. The convection component is neg- 
ligible in the conduction region because the fluid vel- 
ocity is small. The area of the particle contact point 
is very small and should be infinitely small in the ideal 
situation, so it can be neglected. Thus the heat transfer 
of the particles with the tube surfaces is the conduction 
through the fluid gaps, which is essentially an 
unsteady conduction procedure. The thermal 
diffusion coefficient of the fluid is much larger than 
that of the solid particles, so the temperature dis- 
tribution in the fluid gaps is in quasi-steady state and 
changes with the surface temperature of the particles. 
According to Fourier’s law, the local heat transfer 
density in the particle conduction regions is 

9 4 % _ --- -.- = - - NUWd. 

T,-T, kf A 

Thus the key to the problem considered is the deter- 
mination of the temperature distribution along the 
particle surfaces. Since the problem is the heat transfer 
of the tube surface to the spherical particles through 
the fluid gaps, the whole heat transfer procedure could 
only be described by the numerical method. Two 
characteristics were found through the numerical 
analysis [15]. One is the time averaged Nusselt number 
changes slightly with time, which indicates that the 
unsteady effect is not obvious. The other is that the 
surface temperature of the particles varies very 
strongly near the contact points and linearly with a 
large siope, but approaches the bed temperature very 
fast and does not change with time obviously. So the 
heat transfer in the conduction region can be simpli- 
fied. It is assumed that the temperature difference 
between the particle surface and the immersed surface 
changes linearly from the contact point to the edge of 
the conduction region. i.e. 

N = r+/r,t,. (4%) 

The dimensionless maximum thickness of the fluid 
gaps is 

A, = l,‘%&,,. (47) 

The dimensionl~s radius of the conduction region 
r,: is 

r,‘d = r,,/d, = [A,(1 -A,)]“2. (48) 

Using the temperature distribution in equation (45) 
and making the area integral average on the con- 
duction region, it can be obtained that 

7ci;;,,d = 
[r$+0.25 sin’ (2r,‘,)+r$(1).25-r,+d*)“*] 

f3 
red 

(49) 

So the heat transfer coefficient of the emulsion 
packet staying on the immersed surface is 

N% = (1 -.f&K< +.fTd Gecd (50) 

wheref, = (2~/,/3)(r$jt,i)’ is the area fraction of the 
conduction region. 

HEAT TRANSFER OF BUBBLE PHASE 

The bubbles are the isobaric gas mass including a 
few solid particles. According to Kunii and Leven- 
spiel’s analysis to the fluid-solid two-phase flow in the 
fiuidized beds with the potential theory [19] that the 
inner fluid velocity of a single bubble is 3U,,,, when it 
stays in the minimum fluidized beds statically. Since 
the rising velocity of the bubbles is lower than that of 
the interstitial fluid, the fluid scouring velocity of the 
bubbles on the heat transfer surfaces can be approxi- 
mated as 3ci,,. At the same time there are a few 
particles in the bubbles according to the measurement 
of the local voidage [15]. The simplified treatment is 
adopted in which the heat transfer of bubbles is the 
addition of those of the fluid flow across the horizontal 
tubes and the particles with the tube surfaces. 

For the heat transfer of single phase bubbles with 
the horizontal tube, Adams and Welty considered that 
the bubbles only contact the upstream surface, so 
an analytical solution was derived using the single 
parameter integral method [ 131. Decker and Glickman 
simplified it to a laminar boundary layer along a plane 
plate, but they only considered the upstream surface 
[12]. It can be observed that these treatments are only 
valid to the situation near the minimum fluidization. 
When the fluidizing velocity increases, the down- 
stream surface of the horizontal tube is also contacted 
by bubbles. Since there is no analytical solution to the 
single phase fluid across the horizontal immersed tube, 
Churchill and Bernstein’s correlation for ReD, Pr > 
0.2 [20] should be used 

x [l+(-g$*]V5. (51) 

Considering the fluid ilow in the fluidized bed is in 
turbulence which would strengthen the heat transfer, 
Dyban and Epik’s correlation for 100 G Re, TU 

c lo4 and” 2% < 0.14 including the influence of 
the free stream turbulence [21] can be applied 

NUT, = [I +O.O9(Re+ *i8)“~2]$-N~~]n,_D (52) 
7 

where Re& = 3U,,,,D,/v, and Tu is taken as the tur- 
bulence intensity of the interstitial fluid flow of the 
emulsion phase. 

For the heat transfer of the solid particles in the 
bubble phase, the conductive effect is considered when 
they stay at the heat transfer surface and the effect of 
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FIG. 3. Variations of heat transfer components with particle dimension: 4, = 1.0, p,, = 2451 kg rne3, 
E,,,~ = 0.40, TB = 2o”C, Tu = 0.1, E, = 0.57, Ed = 0.93, D, = 40 mm, P = 1.03 x 10’ N m-*. 0, maximum; 

0, minimum [15]. 

the fluid flow is omitted. Since the particles in bubbles 
are scarce and the contact time with the heat transfer 
surface is much shorter, the heat transfer can be 
treated as the steady conduction process through an 
equivalent fluid gap, the thickness of which is that of 
a fluid cylinder with the diameter d, and the same 
volume as the fluid layer between the particle and the 
tube surface. Considering the voidage of the bubble 
phase and particle arrangement, the particle con- 
duction component in bubbles is 

NuW = l.lo8(l-&b)2’3. (53) 

So the heat transfer coefficient when the bubbles 
contact the horizontal immersed circular tube is 

Nub = Nubcv+Nubcd. (54) 

DISCUSSION 

Up to now, each heat transfer component of the 
immersed surfaces with the fluidized bed at ambient 
conditions has been modelled and the calculating for- 
mulae for the heat transfer coefficient have been 
derived. If the model is used at high temperatures, the 
radiative component should be considered, which was 
given in ref. [ 151. In order to use this theoretical model, 
the parameters needed are the dimension of the par- 
ticles, sphericity, voidages of the beds at minimum 
fluidization and the emulsion packet and bubbles near 
the heat transfer surfaces, physical properties of the 
fluid, the diameter of the immersed tubes and the 
contact time fraction of the heat transfer surface with 
bubbles. The last parameter is given by the empirical 
correlation [ 151 

Sb = 0.513 exp [-0.234(cI- U,,,,)) ‘I. (55) 

Figure 3 gives the variation of each heat transfer 
component with the change of the particle dimension 

when the diameter of the horizontal immersed tube is 
40 mm. It can be seen that the convective component 
of the emulsion phase (1 -fcd)hccv increases fast at first, 
then changes slowly with the increasing particle size. 
This is because the interstitial fluid velocity in the 
emulsion phase increases with the particle dimension, 
so the convective component plays a more and more 
important role. But the change of the conductive com- 
ponent fcdhsd decreases monotonously. It decreases 
rather fast when the particles are small, then the rate 
of change decreases. The additional effect of the con- 
vection and conduction makes the heat transfer 
coefficient of the emulsion phase decrease at first, then 
does not change obviously in a certain range and 
increases slightly at the end, which is in good agree- 
ment with the experimental results. This indicates the 
different effects of each component with different par- 
ticle dimensions. At the same time it is shown in the 
figure that the convective component of the bubbles 
hr,_ is increased with the particle size and the con- 
ductive component changes in the opposite direction. 
In addition three groups of maximum and minimum 
values of the circumferential averaged transient heat 
transfer coefficients were obtained from the exper- 
iments [ 151. It can be found that the maximum values 
agree with the theoretical results of the emulsion 
phase. But the minimum values deviate from the cal- 
culated data of the bubble phase. There could be two 
reasons, the first is the heat inertia of the heat flux 
probe in the experiments [ 151, the second may be that 
modelling of the heat transfer of the bubbles should 
be improved. Considering this value is not large 
indeed and would be produced by the time fractionf, 
when the total heat transfer coefficients are calculated, 
the influence would be small. 

The theoretical results are compared with the 
experimental results [15] when the bed materials are 
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FIG. 4. Comparison of predicted results with experimental data [I 51: dp = I I 176 mm, D, = 40 mm. Bed 
material : sand. 

sand with 4 = 1.176 mm and glass beads with u’, = 2.55 
and 3.23 mm in Figs. 4-6, respectively. to check the 
effectiveness of the proposed model. It can be seen 
from the comparison that the theoretical results are 
larger than the experimental data near the minimum 
fluidizing velocity. When U- lJ,,,r > 0.4 m s- ‘, the 
two kinds of results are in good agreement. So it can 
be concluded that the theoretical model proposed can 
be used to predict the heat transfer of the immersed 
surface with the large particle fluidized beds at the 
normal fluidizing state. It reflects the main charac- 
teristics of the heat transfer at this kind of operation 
conditions. Though some simplifications are made in 
order to carry out the modelling and obtain the simple 
calculating formulae, this model has included the 
factors playing dominate roles and can be used in 
practical engineering calculations. 

Figure 7 gives the comparison of the predicted 
results of the theoretical models proposed by different 

workers. It can be found that the model proposed in 
this paper can model the heat transfer process of the 
immersed tubes with the beds in a rather wide particle 
dimension range. The predicted results of Catipovic 
et d’s model [9] are obviously lower than the exper- 
imental data [l&22]. The heat transfer coefficients 
calculated with Zabrodsky et af.‘s model [lo] changes 
strongly with the particle size. When the particle 
dimension is in smaller and larger ranges, the theor- 
etical results agree with the experimental values, but 
the differences are rather large in the range of d, = l- 
3 mm. Ganzha et al.‘s model [l l] is closer to the 
experimental results than that of Catipovic et al. [9], 
but is still lower. Decker and Glickman’s model 1121 
agrees with experimental results at 4 = 2 mm, but the 
agreement is decreased at other particle dimensions. 
So it can be concluded that the theoretical model in 
this paper agrees with experimental results more when 
compared with the models of other workers. 

----------- -------_ 
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FIG. 5. Comparison of predicted results with experimental data [IS]: dP = 2.55 mm, 9 = 40 mm. Bed 
material : glass beads. 
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FIG. 6. Comparison of predicted results with experimental data [15] : dp = 3.23 mm, D, = 40 mm. Bed 
material : glass beads. 
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FIG. 7. Comparison of predicted results of different workers. Calculating conditions : same as in Fig. 3, 
U- Cr,, = 1.0 m s- ‘. (1) Present paper. (2) Catipovic et al. [9]. (3) Zabrodsky et al. [lo]. (4) Ganzha et al. 

[I 11. (5) Decker and Glickman [12]. 
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MODELISATION DU TRANSFERT THERMIQUE ENTRE DES SURFACES 
IMMERGEES ET DES LITS FLUIDISES A GROSSES PARTICULES 

R&un~Un nouveau modtle thtorique est propose pour le transfert thermique entre des surfaces immer- 
g&es et des lits fluidises a grosses particules. Le transfert de chaleur de la phase emulsion a la surface 
immergte est traitt comme la somme de la part convective de I’bcoulement du fluide intersticiel et de la 
part conductive des particules solides. Le transfert des bulles a la surface. est aussi consider& Les formules 

theoriques obtenues sont en trts bon accord avec les donnees experimentales dans un large domaine. 

THEORETISCHE BETRACHTUNG DES WARMEtiBERGANGS AN EINER 
OBERFLACHE IN EINEM WIRBELBETT AUS GROBKdRNIGEN PARTIKELN 

Zusarnmenfassung-Es wird ein neues Model1 zur Berechnung des Wlrmeiibergangs zwischen einer in ein 
Wirbelbett mit grobkijrnigen Partikeln eingetauchten OberflHche und dem umgebenden Fluid vorge- 
schlagen. Der Wiirmeiibergang setzt sich additiv aus zwei Anteilen zusammen: aus der Konvektion der 
zwischen den Partikeln auftretenden Striimung und der Wlrmeleitung der Festkorperpartikel. Der 
Wlrmeiibergang zwischen Blasen und der Oberfllche wird ebenfalls betrachtet. In einem groBen Bereich 

stimmen die experimentellen Daten mit den berechneten Werten iiberein. 

MOAEJIbHOE HCCJIEAOBAHHE TEI-IJIOOSMEHA MEmY IIOFP43KEHHbIMM 
ITOBEPXHOCTllMH kI I-ICEB~OO~H~EHHbIMkI CJIOIIMH KPYI-IHbIX 4ACTHH 

AEEOT~ITpe&iIorteHa rionan TeopeTHvecnan MOjvJIb AJUI OIII~C~HHII rennoo6oleHa Me;szay nOIpy- 
xcerinbIMH noeepxriocrntwn H nCeBnOO*AleHHbUIB cnonhni xpymihrx sacrriu. ITeperioc Terma or ncen- 
nooxoixceinroro cnon Y noeepwocrri paccMaTprieaercn xax cyhfhfa xo~~uz.n~m~oti comasnnmueii, 
06,'CnOB,IeHHO# IlOTOXOM l-a3OBO# @%I. H XOI3J!)'XTHBHOfi--Ye~3 'iaCT%IIbI. Temoo6MeH MeW.0' 

ny3blpxMHHnO8epxH~b~TTanlwe~HHHMaeTcnBOBHHMBHHe.nOnyYeHHbleTeO~HY~XHepaC~eTHhle 

~pMyn~XO~~O~rnaCyIoTCnC3xCnepHMeHT~bH~MHLIaHHUMB. 


