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Abstract—A new theoretical model is proposed for the heat transfer between immersed surfaces and large-

particle fluidized beds. The heat transfer of the emulsion phase to the immersed surface is treated as the

sum of the convective part of the interstitial fluid flow and the conductive part of the solid particles. The

heat transfer of bubbles to the surfaces is also considered. The theoretical calculating formulae obtained
are in fairly good agreement with experimental data in a large region.

INTRODUCTION

Since the fluidization technology was applied to coal
burning in recent years, the important subjects of
large particle (d, > 1 mm) fluidized beds, such as the
hydrodynamics of fluid and particles, the heat and
mass transfer between the immersed surfaces and the
bed as well as the particles and fluid, the absorption
of sulphur, etc. have been studied by many workers.

The dependence of the heat transfer of the
immersed surface to the fluidized bed on the physical
properties of the fluid and bed material, the structure
of the bed and the operation conditions was found
through a lot of experimental studies, which gave
the heat transfer mechanism to a certain extent. But
knowledge on this basis is not enough and exper-
imental results are different from each other because
of the different experimental conditions. In order to
gain an essential understanding of the flow and heat
transfer in industrial equipment and direct the opti-
mum design and operation, it is necessary to carry out
the mechanismic modelling study.

The early studies of the heat transfer mechanical
model all focused attention on fluidized beds with
small particles as the bed material. They can be
divided into two kinds—the particle packet model and
the particle string model. Mickley and Fairbanks [1]
were the first to propose the particle packet model
which treated the heat transfer of immersed surfaces
with the fluidized bed as the result of unsteady con-
duction of the particle packets with the bed tem-
perature and the physical properties as those of the
bed bulk at minimum fluidization. This model was
improved upon and developed in refs. [2-4]. Botterill
and Williams proposed the particle string model in
1963 [5]. They considered the unsteady conduction
process of the heat transfer surface with a single par-
ticle which stayed on the surfaces. The model was then
developed to the situation of a particle string [6--8].

These two kinds of models all treated the heat transfer
of the immersed surfaces to the fluidized beds as the
process of unsteady conduction. The analytical solu-
tion can be obtained with the particle packet model,
but it can only be used for the long staying period
of the particle packet and small particle beds. The
numerical method should be used in the particle string
models, which can be used for the short staying period
situations. In other words, these two kinds of models
arc only suitable for cases of small particle beds with
a negligible convective component. Large particle
fluidized beds have different fluid flow and heat trans-
fer characteristics than small particle fluidized beds.
The fluid convective component plays a more impor-
tant role in heat transfer. Several workers tried to
study the heat transfer mechanism, and proposed
some theoretical or semi-theoretical and semi-empiri-
cal models [9-13]. All these models reflected the
characteristics of the large particle fluidized beds to a
certain extent, but there exist some failings and the
theoretical results are different from each other. The
fluid convective part in models were all obtained
through experiments except for Adams and Welty’s
model [13]. It is confusing that the thermal resistance
of the convective component was taken as that of the
packed bed [9]. The models of Zabrodsky et al. [10]
and Ganzha et al. [11] took the bed voidage for that
of the emulsion phase, thus the models could only
be used for particulate fluidized beds. The model of
Ganzha ef al. [11] held the interstitial gas velocity
to be a direct proportion to the superficial velocity.
Adams and Welty’s model [13] could be used for local
analysis, but the basic heat transfer unit is far from
the practical state and a numerical method was
needed. On the basis of the above situation, a new
theoretical model is proposed in this paper for rela-
tively rational modelling the heat transfer mechanism
and obtaining the rather simple calculating formulae
for its practical design.
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NOMENCLATURE
d, particle diameter i interstitial velocity in emulsion phase,
Dy tube diameter Ule,
i time fraction of bubble contact u* dimensionless velocity, u/i
Jea area fraction of conduction region U superficial minimum fluidizing velocity
h, heat transfer coefficients of bubbles U,  superficial velocity near immersed tube
h. heat transfer coeflicients of emulsion et dimensionless velocity, v/a
phase x"  dimensionless coordinate, x/d,
h, total heat transfer coefficients y* dimensionless coordinate, y/d,.
k turbulence kinetic energy
ky thermal conductivity of fluid Greek symbols
L§  dimensionless length of boundary layer, ¥ ratio of two boundary layer thicknesses,
LB/dp 5()/51'
Iy dimensionless particle distance, /,/d, A dimensionless thickness of gas gap in
Nu,  Nusselt number of bubbles, A.d,/k; conduction regions
Nu,.s conductive Nusselt number of bubbles, A, maximum thickness in conduction region
Iocadyfkey 0, thickness of momentum boundary layer
Nu,., convective Nusselt number of bubbles, in x¢ coordinate
hycodyfke Dpy thickness of momentum boundary layer
Nu,,,  Nusselt number of fluid across circular in xy coordinate
tube, AD/k; Oy thickness of temperature boundary layer
Nu,  Nusselt number of emulsion phase, in x¢ coordinate
hod,/k; £ voidage
Nu,y conductive Nusselt number of emulsion & voidage in bubble phase
phase, hcqd,/k¢ & voidage in emulsion phase
Nu,., convection Nusselt number of emulsion &nr  voidage at minimum fluidization
phase, fe.,d,/k; g dimensionless turbulent viscosity, v,/v;
P pressure &y dimensionless turbulent viscosity in main
Pr Prandtl number, veprc,i/k; stream
q heat flux density £, voidage near immersed tube
Rt  dimensionless radius Be similarity variable in momentum
Re  Reynolds number, ud, /v boundary layer, £/,
Rep,  Reynolds number of bubble contacting, Ho similarity variable in temperature
3U D1/ vy boundary layer, &/,
Re,  Reynolds number near immersed tubes, 0 dimensionless temperature,
fiudyf e (T—T)/(Ty—T.)
ri dimensionless maximum radius of e fluid kinetic viscosity
conduction region, r./d, Ve fluid kinematic viscosity
Th bed temperature v, turbulent viscosity
T, tube surface temperature Or fluid density
Tu turbulence intensity, / (W Hu Pp particle density
U superficial fluidizing velocity o, sphericity.

MECHANISMIC ANALYSES AND BASIC
HYPOTHESES

The proposition of the mechanismic model is based
on the analyses of the experimental results. The
following conclusions can be made and the basic
hypotheses of the physical and mathematical model
can be proposed from the experimental results.

The immersed surfaces are touched by an emulsion
phase and bubbles with certain voidages in a random
form, which seems more regular pattern on a stat-
istical meaning.

Hypothesis |

The heat transfer of the immersed surfaces with the
fluidized bed can be seen as the weighted average of
these when the surfaces contact with the emulsion
phase and the bubbles, respectively, i.e.

hy, = (L =fo)he+fohs . M

The material of the fluidized beds being studied are
large particles and belong to the kind of D according
to the classification of Geldart [14]. The rising velocity
of the bubbles is lower than the interstitial fluid
velocity in the emulsion phase, and the inertia of the
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particle is larger. So the effect of the rising bubbles on
the movement of particles is decreased and the mixing
of the particles is in a lower extent compared with the
small particle beds.

Hypothesis 2

The fluid-solid two-phase flow can be treated as
quasi-steady. This assumption enables the flow field
and pressure field to be described by the steady equa-
tions approximately.

According to the measurement of the staying period
of the emulsion packet on the horizontal tubes, it is
shorter than 1 s in normal operation [15]. If a quali-
tative analysis is carried out with the particle packet
model, the heat permeating depth is 1.17 mm for a
1 s staying period of the emulsion phase which con-
sisted of air and glass beads.

Hypothesis 3

The heat permeating depth is not greater than the
first particle layer for large particle beds (d, > 1 mm)
at the normal fluidization state. So the particle packet
model could not be used. The particles should be
considered as separated and the attention is only
focused on the first layer adjacent to the heat transfer
surface.

It can be found from the experimental results [15]
that the heat transfer coefficients in large particle beds
do not change obviously with fluidizing velocity at
normal operation state and the heat transfer cannot
be neglected when the immersed surfaces are touched
by bubbles. So it can be concluded that fluid con-
vection plays a more and more important role with
increasing particle dimensions. The fluid flow among
the interstices of the emulsion phase is in a turbulent
state because the eddies and wakes introduced by the
flow across the particles and the turbulence energy
are dissipated by the effect of fluid viscosity at the
immersed surfaces. When the fluid flows around par-
ticles, impacting, separating and wake will arise, and
each flow tunnel will be mixed. Such a situation we
are interested in is presented near the surfaces. It is
difficult to describe the fluid flow and heat transfer in
detail at present. So certain simplifications must be
made. The fluid flow in the interstices can be con-
sidered as the period channel flow around the particles
and the flow in each period is simplified to the un-
developed boundary layer along the heat transfer
surfaces if the approximation is made. Since the length
of the boundary layer along the flow direction is rather
small and the interstitial fluid velocity is not large, it
can be thought of as the laminar boundary layer. The
influence of the turbulence in the interstitial fluid flow
can be considered as that of the turbulent intensity in
the main stream on the boundary layer. On this basis
the following hypothesis can be proposed.

Hypothesis 4

The convection component of the interstitial fluid
flow in the emulsion phase can be approximated as
the heat transfer of the boundary layer influenced by
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F1G. 1. Heat transfer unit.

the turbulence in the main stream. This assumption
made the analysis of the solution of this component
possible.

MATHEMATICAL MODELLING OF THE
EMULSION PART

In order to realize the mathematical model, some
additional assumptions for the approximate treat-
ment should be made on the basis of the above basic
hypotheses.

(1) The temperature of the bed bulk 7 and the
temperature of the heat transfer surfaces T, do not
change during the whole procedure of heat transfer.

(2) The bed material is considered to consist of
spherical particles with equivalent diameters.

(3) The particles are assumed to be arranged in a
hexahedron, as shown in Fig. 1. So the distance
between the particles in the emulsion phase
is [,=0.9047(1—¢,)" "’d,. The voidage near the
heat transfer surface would be increased and in the
range of half particle diameter from the surface
&, = 1—0.7382(1 —g)*>.

(4) The interstitial fluid flow is assumed as a two-
dimensional laminar boundary layer with & = U/,
as the main stream velocity. The changes of the
velocity and pressure along the flow path are omitted.
The length of the boundary layer is taken as \/3/,.

(5) The heat transfer of the emulsion phase to the
immersed surface is divided into two regions, i.e. the
conduction region adjacent to the contact points of
the particles on the heat transfer surface and the con-
vection region, as shown in Fig. 2. This is because of
the interstitial fluid velocity adjacent to the contact
points is very small, consequently, the convective part
of the fluid can be omitted and the heat transfer is
only due to the conduction perpendicular to the sur-
faces. At the edges of these two regions it must be
satisfied by
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Conduction
region

Convection
region

F1G. 2. Division of heat transfer regions.

hecd = Eecr . (2)

Solution of the boundary layer equations

According to the basic and additional hypotheses,
the convective component of the interstitial fluid flow
can be described by the following dimensionless
governing equations:

a1
oxt " 14¢ 08
L ou” vt dut 1 1 Q%
Wt e = s
ox l+e 0¢  Rel+g 08
08 vt 007 1 1 0%

+ YYv o vy
“ 6x++1—+-£t 08 Re Pr 14¢ 0% Q)

3)

4)

Boundary conditions are

E=0, ut =0, vt =0 (6)
=0 M
=0 (8)
o*ut
=0 ©
80
= 0 (10
Eooo, ut =1 (11
ot =0 (12)
g=1 (13)
& = &0 (14)
out  'ut @"u
TB_EZ 5 _ .=a_é"=o (15)
a0 8% a0
%=¥=m=6§"=0' (16)

In order to obtain the analytical solution with the
integration method, the following coordinate trans-
formation is made in the above equations and bound-
ary conditions, which is the same as that of Adams
and Welty [11]

J. Lu and R. QiaN

d¢

dy*. (17

= 1+¢,

Integrating equations (4) and (5) from the heat
transfer surface to the outer edge of the boundary
layers 6, and J,, v is removed from the continuity
equations, so

a [* - i 1 dut
Ox—+L (I—u™)u (H'Sz)df:;{e dZ i (18)
& [ . 1 dé
5}7L (1—8)u (1+Ct)dé=ﬁd—éézo. (19)

From the boundary conditions of equations (6)-
(16), the approximate distributions of the velocity and
temperature in the boundary layer can be derived

ut = (3/2m, —(1/2)n; (20)
0= (3/2)ma—(1/2)n;.. @n

As a first approximation the dimensionless tur-
bulent viscosity is a linear distribution in the boundary
layer with £ as the ordinate

8( = (6/61')£too'

The thickness of the velocity boundary layer can be
obtained when the velocity distribution (20) is used in
the momentum equation (18) and the solution is

(22)

5" = A—l/Z Re— 1/2 xl/?. (23)

where 4 = (13/280)+ (3/160)¢,,. and Re = (i d,,/vy).
From equations (17) and (22)

1
= T (50,

The relation of the two ordinates can be conducted
from the integration of the above equation

¥t =820, -

The thickness of the boundary layer with y as the
ordinate is

dé¢ 24

(25)

8,y = 6,(1+0.56,.). (26)

Since the length of the boundary layer is taken as
Ly =./3l} and [} = 0.9047(1—¢.)"'°, Re = Re, /e,
the average thickness of the boundary layer is

5. = 0.8345(4 Re, Je,) " (1 —g)~ *(140.5¢,..).
@7

When the temperature distribution (21) and equa-
tion (22) are used in the energy equation (19), the
differential equation about the ratio of the thickness
of the temperature boundary layer 7, and that of the
velocity boundary layer #, can be derived

dr 24

dx* ~ BPr (28)

,},3 +4.y2x+

where B = (1/10)+(1/24)z,..
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Combined with the boundary conditions, the solu-
tion of the above equation is

7= (85 = 1.264V3B~"13 pr=13_ (29)

So the convective Nusselt number of the heat transfer
when the surface is touched by the emulsion phase is

N, = 1.894V6BY2 Pri2 RV =112 (30)

The averaged Nusselt number on the boundary layer
with the length of L] is

Nitoe, = 1.904"B'? Pr'? (Re, fe,) (1 —e.) .

€1))

This is the calculating formula for the convective
component of the interstitial fluid in the emulsion
phase to the heat transfer surfaces.

Determination of the turbulent viscosity in main stream

Galloway and Sage measured the flow field of the
interstices in the particles of the packed bed and found
that the turbulence intensity Tu = /(u"?)/u changed
from 0.1 to 0.3 [16]. So Prandtl’s turbulent kinetic
energy single equation model [17] can be used, in
which the turbulent viscosity can be expressed as the
product of the root of the turbulent kinetic energy
and the dimension of the turbulent length

= JkI. 32)
Assuming the turbulence field is isotropic
= (3/2)Tu* @ 33

The empirical formula of Escudier [15] can be used
for the dimension of the turbulent length

I* =0.095,,. (34)

The dimensionless turbulent viscosity in the main
stream is

Re
= (32) 2 Tul* ( W). 3%5)
From the trial calculation it can be found that the
low limit of Galloway and Sage’s experimental results
Tu = 0.1 is adequate.

Determination of the interstitial fluid velocity along the
surface of the horizontal tubes

According to Ergun’s pressure drop formula in
packed beds [16]

—¢)’? it (1—¢) pd’
Vp = ]50—- 1.75 ——=
) & T PTE od,

This formula combined the velocity with the pres-
sure drop. Since the interstitial fluid velocity is larger
than those of the particles and the bubbles in the
large particle beds, the above average kinetic energy
equations are approximately valid. This equation can
be linearized and changed into dimensionless form, as
in the treatment of Adams and Welty [13]

(36)

HMT 32:12-L
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Vpt = (ﬁ ' +ﬁz)u 37
where
+= P 150[(1_8)}
p Pf n%f” B 8¢s ’
1.75 1 —¢ N
ﬁZ"“g_;“@:s ""u/Umﬁ
u = Uls, Re = Upedy[vr.

The polar coordinate is used with the centre of the
tube as the origin and the x-axis being perpendicularly
down. The changes of the voidage near the tube sur-
faces are neglected when the pressure field is deter-
mined and considered as the velocity distribution is
calculated. Combined with the continuing equation,
there is

Vipt = 0. (38)
The boundary condition are:

at the place far from the tube surfaces

g P L ey B )

T dxt
on the tube surfaces

op*

ars =0

(40)

Combined with the boundary conditions the solu-

tion of equation (38) is
R+ 2
(!‘+ + “"‘_‘;‘) cos 6.
o« r

apt
SR
r=(%)

So the velocity distribution along the tube surface

is
(ﬁl 8 )
(42)

Considering the voidage of the emulsion phase in
the bed bulk is not different obviously with that of
the bed at minimum fluidization and it cannot be
measured accurately, ¢, can be taken as ¢,,. So the
velocity distribution around the horizontal immersed
circular tube is

" = gf_ )6 (smf)/Re’,'ﬁ (Smf) Umf2 n6

v Ew .B (ew)/Re+B2(8w)
where &,, = f(68) is the voidage distribution determined
by experiments.

In order to calculate the circumferential averaged
heat transfer coeflicient around the circular tube, the
integral average of u,, can be made

_ U, Biewd)/Re+B;(Ens) Une
uw B SW B 2“ ﬁl(éw)/Re'*‘ﬁz(gw) Smf :

(41

[ﬂl}(?{ggz +ﬂ2(8mji 2 sin 6.

(43)

(44)



2380

Modelling of the particle conduction component in the
emulsion phase

According to the additional assumption 5, the heat
transfer of the emulsion phase staying on the
immersed surface is divided into convection and con-
duction regions. The convection component is neg-
ligible in the conduction region because the fluid vel-
ocity is small. The area of the particle contact point
is very small and should be infinitely small in the ideal
situation, so it can be neglected. Thus the heat transfer
of the particles with the tube surfaces is the conduction
through the fluid gaps, which is essentially an
unsteady conduction procedure. The thermal
diffusion coefficient of the fluid is much larger than
that of the solid particles, so the temperature dis-
tribution in the fluid gaps is in quasi-steady state and
changes with the surface temperature of the particles.
According to Fourier’s law, the local heat transfer
density in the particle conduction regions is

g dy b

;f;;—?:; }E; = K = Num, . (45)

Thus the key to the problem considered is the deter-
mination of the temperature distribution along the
particle surfaces. Since the problem is the heat transfer
of the tube surface to the spherical particles through
the fluid gaps, the whole heat transfer procedure could
only be described by the numerical method. Two
characteristics were found through the numerical
analysis [15]. One is the time averaged Nusselt number
changes slightly with time, which indicates that the
unsteady effect is not obvious. The other is that the
surface temperature of the particles varies very
strongly near the contact points and linearly with a
large slope, but approaches the bed temperature very
fast and does not change with time obviously. So the
heat transfer in the conduction region can be simpli-
fied. It is assumed that the temperature difference
between the particle surface and the immersed surface
changes linearly from the contact point to the edge of
the conduction region, i.e.

=ik,

(46)

The dimensionless maximum thickness of the fluid
gaps is

A! = l/yf;ecv . (47)

The dimensionless radius of the conduction region
.
r&is

ré = raldy = [A(1-A)]" (48)

Using the temperature distribution in equation (45)
and making the area integral average on the con-
duction region, it can be obtained that
_[r&+0.25sin" " 2r) +r5(0.25— raHv

Nuecd hnt +3
g

49
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So the heat transfer coefficient of the emulsion
packet staying on the immersed surface is

Nte = (1~ fri) Ntteye +fra Nttees (50)

where f.s = (2:{[\/ 3)(r&/t5 ) is the area fraction of the
conduction region.

HEAT TRANSFER OF BUBBLE PHASE

The bubbles are the isobaric gas mass including a
few solid particles. According to Kunii and Leven-
spiel’s analysis to the fluid—solid two-phase flow in the
fluidized beds with the potential theory [19] that the
inner fluid velocity of a single bubble is 3U,; when it
stays in the minimum fluidized beds statically. Since
the rising velocity of the bubbles is lower than that of
the interstitial fluid, the fluid scouring velocity of the
bubbles on the heat transfer surfaces can be approxi-
mated as 3U,,. At the same time there are a few
particles in the bubbles according to the measurement
of the local voidage [15}. The simplified treatment is
adopted in which the heat transfer of bubbles is the
addition of those of the fluid flow across the horizontal
tubes and the particles with the tube surfaces.

For the heat transfer of single phase bubbles with
the horizontal tube, Adams and Welty considered that
the bubbles only contact the upstream surface, so
an analytical solution was derived using the single
parameter integral method [13]. Decker and Glickman
simplified it to a laminar boundary layer along a plane
plate, but they only considered the upstream surface
[12]. It can be observed that these treatments are only
valid to the situation near the minimum fluidization.
When the fluidizing velocity increases, the down-
stream surface of the horizontal tube is also contacted
by bubbles. Since there is no analytical solution to the
single phase fluid across the horizontal immersed tube,
Churchill and Bernstein’s correlation for Re, Pr >
0.2 [20] should be used

Rey? Pr'?

Rear 5/8714/5
x [1 + (WZS 000) ] RN 613
Considering the fluid flow in the fluidized bed is in
turbulence which would strengthen the heat transfer,
Dyban and Epik’s correlation for 100 < Rep Tu

< 10° and' Tw < 0.14 including the influence of
the free stream turbulence [21] can be applied

Nup =03+

d
Nityo, = [1+0.09(Rep, T6)°?) - Nutp, o (52)
T

where Re, = 3U,Dr/v; and Tu is taken as the tur-
bulence intensity of the interstitial fluid flow of the
emulsion phase.

For the heat transfer of the solid particles in the
bubble phase, the conductive effect is considered when
they stay at the heat transfer surface and the effect of



A modelling study to the heat transfer between immersed surfaces and large-particle fluidized beds 2381
400
300 p— he { _f;d) _ocv
b [ N — P
I I
'€ 200 = \ _ ~
3 \
< 7/ <
7N fh °
cd ' ecd h
S RN ST
S —
(T ~ - Poca
>\. s S
L =Ly
o i 2 3 4 5 6
dp{mm)

FiG. 3. Variations of heat transfer components with particle dimension: ¢, = 1.0, p, = 2451 kg m~3,

3

Emr = 0.40, T = 20°C, Tu = 0.1, 6, = 0.57, &, = 0.93, D; =40 mm, P = 1.03x 10° N m~% @, maximum ;
Q, minimum [15].

the fluid flow is omitted. Since the particles in bubbles
are scarce and the contact time with the heat transfer
surface is much shorter, the heat transfer can be
treated as the steady conduction process through an
equivalent fluid gap, the thickness of which is that of
a fluid cylinder with the diameter 4, and the same
volume as the fluid layer between the particle and the
tube surface. Considering the voidage of the bubble
phase and particle arrangement, the particle con-
duction component in bubbles is

Ntteq = 1.108(1 — ). (53)

So the heat transfer coefficient when the bubbles
contact the horizontal immersed circular tube is

Nub = Nubc,, +Nubcd . (54)

DISCUSSION

Up to now, each heat transfer component of the
immersed surfaces with the fluidized bed at ambient
conditions has been modelled and the calculating for-
mulae for the heat transfer coefficient have been
derived. If the model is used at high temperatures, the
radiative component should be considered, which was
given in ref. [15). In order to use this theoretical model,
the parameters needed are the dimension of the par-
ticles, sphericity, voidages of the beds at minimum
fluidization and the emulsion packet and bubbles near
the heat transfer surfaces, physical properties of the
fluid, the diameter of the immersed tubes and the
contact time fraction of the heat transfer surface with
bubbles. The last parameter is given by the empirical
correlation [15]

fo=0513exp[—0.234(U~U)" . (55)

Figure 3 gives the variation of each heat transfer
component with the change of the particle dimension

when the diameter of the horizontal immersed tube is
40 mm. It can be seen that the convective component
of the emulsion phase (1 — f.4)/.., increases fast at first,
then changes slowly with the increasing particle size.
This is because the interstitial fluid velocity in the
emulsion phase increases with the particle dimension,
so the convective component plays a more and more
important role. But the change of the conductive com-
ponent f k4 decreases monotonously. It decreases
rather fast when the particles are small, then the rate
of change decreases. The additional effect of the con-
vection and conduction makes the heat transfer
coefficient of the emulsion phase decrease at first, then
does not change obviously in a certain range and
increases slightly at the end, which is in good agree-
ment with the experimental results. This indicates the
different effects of each component with different par-
ticle dimensions. At the same time it is shown in the
figure that the convective component of the bubbles
hy, is increased with the particle size and the con-
ductive component changes in the opposite direction.
In addition three groups of maximum and minimum
values of the circumferential averaged transient heat
transfer coefficients were obtained from the exper-
iments [15]. It can be found that the maximum values
agree with the theoretical results of the emulsion
phase. But the minimum values deviate from the cal-
culated data of the bubble phase. There could be two
reasons, the first is the heat inertia of the heat flux
probe in the experiments [15], the second may be that
modelling of the heat transfer of the bubbles should
be improved. Considering this value is not large
indeed and would be produced by the time fraction f,
when the total heat transfer coefficients are calculated,
the influence would be small.

The theoretical results are compared with the
experimental results [15] when the bed materials are
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FiG. 4. Comparison of predicted results with experimental data [15]: 4, = 1.176 mm, D; = 40 mm. Bed
material : sand,

sand with 4, = 1.176 mm and glass beads with d, = 2.55
and 3.23 mm in Figs. 4-6, respectively. to check the
effectiveness of the proposed model. It can be seen
from the comparison that the theoretical results are
larger than the experimental data near the minimum
fluidizing velocity. When U—U,;> 0.4 m s~ ', the
two kinds of results are in good agreement. So it can
be concluded that the theoretical model proposed can
be used to predict the heat transfer of the immersed
surface with the large particle fluidized beds at the
normal fluidizing state. It reflects the main charac-
teristics of the heat transfer at this kind of operation
conditions. Though some simplifications are made in
order to carry out the modelling and obtain the simple
calculating formulae, this model has included the
factors playing dominate roles and can be used in
practical engineering calculations.

Figure 7 gives the comparison of the predicted
results of the theoretical models proposed by different

workers. It can be found that the model proposed in
this paper can model the heat transfer process of the
immersed tubes with the beds in a rather wide particle
dimension range. The predicted results of Catipovic
et al.’s model [9] are obviously lower than the exper-
imental data [15,22]. The heat transfer coefficients
calculated with Zabrodsky ez a/.’s model {10] changes
strongly with the particle size. When the particle
dimension is in smaller and larger ranges, the theor-
etical results agree with the experimental values, but
the differences are rather large in the range of d, = 1~
3 mm. Ganzha er al’s model [11] is closer to the
experimental results than that of Catipovic ef al. [9],
but is still lower, Decker and Glickman’s model {12]
agrees with experimental results at d, = 2 mm, but the
agreement is decreased at other particle dimensions.
So it can be concluded that the theoretical model in
this paper agrees with experimental results more when
compared with the models of other workers.
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FiG. 5. Comparison of predicted results with experimental data [15]: d, = 2.55 mm, Dy = 40 mm. Bed
material : glass beads.
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FiG. 6. Comparison of predicted results with experimental data [15]: d, = 3.23 mm, D; = 40 mm. Bed
material : glass beads.
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FiG. 7. Comparison of predicted results of different workers. Calculating conditions : same as in Fig. 3,
U—U,=10ms " (1) Present paper. (2) Catipovic et al. [9]. (3) Zabrodsky et al. [10]. (4) Ganzha er al.
[11). (5) Decker and Glickman [12].
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MODELISATION DU TRANSFERT THERMIQUE ENTRE DES SURFACES
IMMERGEES ET DES LITS FLUIDISES A GROSSES PARTICULES

Résumé—Un nouveau modéle théorique est proposé pour le transfert thermique entre des surfaces immer-
gées et des lits fluidisés 4 grosses particules. Le transfert de chaleur de la phase émuision a la surface
immergée est traité comme la somme de la part convective de I'écoulement du fluide intersticiel et de la
part conductive des particules solides. Le transfert des bulles & la surface est aussi considéré. Les formules
théoriques obtenues sont en trés bon accord avec les données expérimentales dans un large domaine.

THEORETISCHE BETRACHTUNG DES WARMEUBERGANGS AN EINER
OBERFLACHE IN EINEM WIRBELBETT AUS GROBKORNIGEN PARTIKELN

Zusammenfassung—Es wird ein neues Modell zur Berechnung des Warmeiibergangs zwischen einer in ein

Wirbelbett mit grobkornigen Partikeln eingetauchten Oberfliche und dem umgebenden Fluid vorge-

schlagen. Der Wirmeiibergang setzt sich additiv aus zwei Anteilen zusammen: aus der Konvektion der

zwischen den Partikeln auftretenden Stromung und der Wirmeleitung der Festkorperpartikel. Der

Wirmeiibergang zwischen Blasen und der Oberfliche wird ebenfalls betrachtet. In einem groBen Bereich
stimmen die experimentellen Daten mit den berechneten Werten iiberein.

MOJAEJBHOE UCCIEAOBAHME TEIIJIOOBMEHA MEXAY INOIrPYXEHHBIMU
TMOBEPXHOCTSIMH U ITCEBIOOXWXEHHBIMHU CJIOSAMH KPYITHBIX YACTHL

Asmoramss—TIpejioxkeHa HOBas TEOPETHYECKAA MOJIENb JUIA OMHCAHHMA TerooGMeHa MeXay IOrpy-

EHHBIMH NOBEPXHOCTAMH H ICEBAOOKHXEHHBIME CIOAME KpynHbIX 4acTun. ITepenoc Temna ot mces-

JIOOXKHKEHHOTO CJIOA K TOBEPXHOCTH PAaCCMATPHBACTCH KaKk CyMMa KOHBEKTHBHOH cocTapislowies,

obycnonnenHolf moTokoM ra3oBod (asel, H KOHAYKTHBHOH—uepe3 gacTHURL TemwrooOMen mexay

Ny3LIPAMH H NOBEPXHOCTBIO TAKXKE MPHHUMAETCA BO BHUMaHHe. [lo/TydeHHBIE TEOPETHYECKHE PaCYETHEIE
bopMyIBL XOPOLIO COTJIACYIOTCA C SKCIIEPHMEHTAILHBIMH JAHHBIMH.



